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Abstract

A computation model is developed, and flow dynamics and heat and mass transfer in a turbulent two-phase gas—
drop ducted flow are numerically studied. To calculate the turbulent characteristics of the gas phase, the two-equation
Nagano-Tagawa E—¢ model was used, modified so that to account for presence of liquid drops in the flow. The impact
of various parameters on heat transfer intensification is analyzed. An increase in the gas concentration in the vapor—gas
mixture enhances the rate of heat transfer over the initial length of the duct and reduces the length of the evaporation
zone. The computed flow dynamics and heat- and mass transfer data are compared with previously reported experi-
mental and numerical results, and a fairly good agreement between the compared data is obtained.

© 2003 Elsevier Science Ltd. All rights reserved.

1. Introduction

Multiphase flows and, in particular, two-phase flows
are often met in nature and widely used in current
technology. Motion of liquid drops in clouds and mists,
and interaction between atmosphere and ocean provide
examples of natural two-phase flows. Among most im-
portant technical applications of two-phase flows are
atomization of liquid propellant particles and protection
of working surfaces in engines, and also their use in
power-equipment components, in chemical apparatus,
and in air-conditioning systems. The involvement of a
liquid phase and its evaporation in the boundary-layer
flow necessitates taking into account the heat and mass
transfer between phases. A detailed study of the mech-
anism underlying the transfer between phases is of es-
pecial interest for the supercritical region of the flows in
steam-generating devices, when the near-wall film dis-
integrates and the dispersion-annular mode of the flow
gives way to the purely dispersion flow mode [1].
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Of primary importance here, especially for technical
applications of the flows of interest, is the fact that ra-
ther pronounced intensification effects can be achieved
with relatively low mass concentrations of the liquid. As
a rule, the mass concentration of the liquid phase is no
higher than several percents, whereas the heat transfer
intensity may be increased by a factor of 3-8. Indicative
of such a pronounced intensification are experimental
and numerical heat transfer data obtained for two-phase
flows around cylinders [1,2], wedge-shaped bodies [3],
and plates [4,5], and for two-phase impact jets [6].
Similar effects were also observed when studying ducted
flows of vapor—drop [7,8] and gas—drop [9-13] mixtures,
both laminar and turbulent.

The heat transfer intensification mechanism operat-
ing in the case of the heat carriers of interest consists in
making use of the latent evaporation heat being released
as the generated vapor undergoes condensation. How-
ever, the liquid-drop evaporation process is sensitive to
many thermal and gas dynamic parameters [8], which
makes theoretical treatment of the combined heat and
mass transfer in vapor-gas—drop flows around plates or
in ducted vapor-gas—drop flows a difficult problem.
That is why a great number of simplifying assumptions
were adopted in available numerical studies, which does
not allow a rigorous heat- and mass transfer theory to be
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Nomenclature
A drop area cross-section (m?), nd”/4 Rer. drop Reynolds number, pd X
bip diffusional injection parameter for the vapor \/(U _ UL)Z T (V- VL)Z/,u
ETleai??) by an evaporation, (K3 —Kv)/ Rep Reynolds number of non-evaporating par-
— By . 2 2
Cpb coefficient of resistance ticle, pdp \/ (U—=Up) +(V=1p)/u
Ci/2 skin friction coefficient, M Rer turbulence Reynolds number, £2/ev
0.m 3 1 1 1 3
C,, Coa, Cou, Cpy heat capacities of mixture, air, lig- u,v ve1301ty cm/nponent in axial and radial di-
uid, and vapor (J/kg K) rections .(m S) .
D vapor diffusivity in air (m?/s) Un vapor—air mixture mean velocity (m/s)
d drop diameter (m) AU relative velocity of the two phases (m/s),
dp particle diameter (m) U- U.L . .
. 212 U. wall friction velocity (m/s)
E turbulent kinetic energy (m=/s*) .
. 2 > Sc Schmidt number, v/D
F drop area (m*), nd
L ’ . ) Sh Sherwood number, fid/D
g gravitational acceleration (m/s*) o - oK,
G mass flow rate (ke/s) Stp diffusional Stanton number, —pyD—Z*/
Gg mass flow rate from evaporating drop (kg/s) p U(KV B K(\i/) d
J mass flux of vapor from the surface of s mlxturt? and drop temperatures (K)
- w correction factor for the Stokes law,
evaporating drop (kg/(ms)) (1 +Re2/3/6)
kL drop deposition velocity (m/s) ) ) L . . .
K, Ky mass concentration of air and vapor in bi- (w’), (") root-mean-square velocity fluctuations in
’ nary vapor—air mixture axial and radial directions (m?/s?)
— 2
K3 mass concentration of vapor at the drop e Web;c; mtlmber, P IA? % “ 1
surface an evaporating corresponding to Y coordinate normar to the wa (m)
saturation parameters at the drop tempera- Vi dimensionless distance from the duct wall,
ture T, written in dynamic variables, (R — r)U, /v
L
[ mixing length (m) Greek symbols
L heat of vaporization (J/kg) o heat transfer coefficient (W/(m? K))
m drop mass (kg), p;nd>/6 p mass transfer coefficient (m/s)
M, My, M, air,vapor, and liquid mass concentration ) boundary layer thickness (m)
in the triple air—-vapor—drops mixture ¢ dissipation rate of turbulent kinetic energy
n numerical density of drops (m™), pff;;/ - (m?/s’)
Nu Nusselt number, a2R// l A thermal conductivity (W/(m K))
Nuy, drop Nusselt number, od /1 iz dynam.lc V1§COSIty (N sz)/mz )
Nup Nusselt number non-evaporating particle, Hr eddy viscosity (N s)/m® )
opdp v kinematic viscosity (m?/s)
2 (2] relative temperature profile
P pressure (N/m?) ¢ - lemp p 12
Pr Prandtl number, C,u/ Q; time mlcrqsoale (), (15v/€)
qE heat spent on evaporation of liquid drops in Q Eulerian time macroscale (s)
the flow (W/m>) ot Lagrangiag tirpe macroscale‘(.s)
qr heat spent on heating the vapor-gas flow p, P, py Mixture, liquid, vapor densities (kg/m’ )
(W/m?) g surface tension (N/m)
qw heat flux density supplied to the wall (W/m?) T particle relaxation time (s), p d*/(18u/¥)
qwr heat flux density supplied to the gas—vapor— Subscripts
drop flow (W/m?*) 0 parameter at the duct axis
qwL heat flux density due to the conductive heat 1 parameter under inlet conditions
transfer upon immediate drop/wall contacts A air
(Wim? ) C critical value of a parameter
R absolute gas constant (J/(mol K)) D diffusional parameter
R tube radius (m) i current calculation cross-section along the
R, dimensionless tube radius, RU, /v axial direction
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i—1 previous calculation cross-section along the
axial direction

drop

mean-mass parameter

non-evaporating particle

turbulent parameter

Hms =

\Y vapor
w parameter under condition at the wall
parameter under saturation condition
denotes the dimensionless variables in dy-
namic universal units

+ *

developed even for a physically more simple case of a
laminar flow. This point was discussed in more detail in
[7-13].

With a non-condensable gas present in the mixture,
there arises an additional mechanism responsible for the
vapor diffusion from the surface of liquid drops into the
vapor—gas mixture. The presence of a second component
in the gas phase, for instance, air mixed with water
vapor, substantially complicates the problem since in
this case there arises a need in joint solution of energy
and diffusion equations for the vapor—gas phase.

Many works (see, for instance, [1-13]) have been
devoted to the theoretical and experimental study of
heat transfer in two-phase laminar and turbulent flows
and the hydrodynamics of such flows. Among many
types of flows, most thoroughly studied are vapor—drop
flows, both laminar and turbulent [7,8]. Simultaneously,
of primary significance for practical applications is
gaining data for ducted turbulent gas—drop flows, al-
though reported studies in this research area are few in
number [9-13].

Ganic et al. [9,13] performed a series of experimental
and numerical heat transfer studies of ducted gas—drop
flows. A good agreement between the measured and
theoretically predicted wall temperatures shows that the
rate of heat transfer between the wall and the drops
depends predominantly on the steady-state wall tem-
perature. The local heat transfer coefficient decreases
with increasing wall temperature and increasing wall
heat-flux density, and increases with increasing flow
velocity and concentration of liquid drops.

Terekhov et al. [11] considered heat and mass transfer
in a turbulent, fully developed two-component vapor—
gas—drop flow. The turbulent gas phase structure was
modeled using the algebraic model of turbulence previ-
ously proposed by Deissler [14]. The liquid drops were
assumed to exert no substantial influence on the velocity
and turbulent-viscosity profiles of the gas flow. In this
study, a single-velocity model was used, in which veloci-
ties of both phases were assumed identical. This ap-
proach has allowed the authors to simplify the problem
since in this case it was not necessary to solve the equa-
tions of flow for the phase-carrier and the equations of
motion for the particles together with the energy and
diffusion equations for the vapor—gas mixture.

Many numerical heat transfer studies of gas—vapor—
drop flows [9,10] were based on a number of simplifying

assumptions that still require a detailed substantiation.
For instance, the integral approach [9] and the asymp-
totic theory of turbulent boundary layer [10], as applied
to the description of heat- and mass transfer processes in
two-phase flows, do not allow one to take an adequate
account of all specific features of the processes in full
measure.

Models based on using systems of differential
boundary layer equations for two-phase, two-compo-
nent mixture lack most of such drawbacks. As it was
shown in [11,12], such models accurately predict various
characteristics of heat- and mass transfer processes in
two-component gas—vapor—drop flows.

The problem statement in the present study was
much the same as in [11]; however, to close the gov-
erning equations, a two-equation E— model of turbu-
lence [15] was used. Two-equation models of turbulence
modified so as to cover the case of flows with a dispersed
phase were successfully used to model non-isothermal
flows with solid particles [16-18]. At the same time, their
applications to the systems with liquid drops are very
rare [19].

In the present work, we take into account the influ-
ence of many factors on heat transfer, such as precipi-
tation of liquid drops and their evaporation in the duct
volume and at the duct surface. Results of testing the
model and comparing them with earlier experimental
and numerical data are reported.

2. Physical model

We consider a ducted turbulent gas—vapor—drop flow
and the heat transfer in it with allowance for the evap-
oration of liquid drops, interaction between the phases,
precipitation of liquid particles onto the duct wall, their
heat transfer with the wall, and vapor diffusion into the
vapor—gas mixture.

We assume that the annular liquid film on the wall
surface has dried already, so that the wall temperature
Tw is always higher than the Leidenfrost temperature of
the drops [1]. Due to its low intensity, the radiative heat
transfer is ignored [7-12]. Next, we assume that all drops
undergo instantaneous evaporation as they arrive at the
wall, and the duct surface always remains dry; accord-
ingly, there is no liquid film on it. The conductive heat
transfer due to immediate drop/wall contacts is taken
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into account with the help of the Mastanaiah—-Ganic
model [9]. In the present study, a three-stage mechanism
of heat transfer in the two-phase flow is considered:

(1) the heat supplied to the wall is being transferred to
the drops deposited onto the wall surface and is
subsequently spent on their evaporation;

(2) the heat supplied to the wall is being transferred to
the gas—vapor—drop mixture;

(3a) some fraction of the heat from the vapor—gas mix-
ture is being transferred to liquid drop to be subse-
quently spent on their heating and evaporation;

(3b) the remaining part of the heat is spent on heating
the gas phase.

The volume fraction of the liquid phase is small
(ZL < 107%), and the drops are rather fine (diameter
dy < 100 pm). In each cross section of the duct, all
particles are of the same size. Such conditions can be
realized due to an intense turbulent mixing between the
flow and particles along the duct radius. The drops are
uniformly distributed along the duct volume, the latter
condition being fulfilled in the whole flow region. In the
zone where a complete evaporation of drops occurs,
their numeric concentration is modeled with zero-
diameter particles. In the flow, the particles suffer no
coalescence or fractionation. The Weber number built
on the difference between the velocities of the phases
and on the drop diameter, We = p|U — U, ["d) /o < 1,
is much smaller than the critical Weber number Wec ~ 7
for the data reported in [9]. The drops are treated as
rigid spheres. According to the data reported in [1], at
volume concentrations of the dispersed phase in the two-
phase flow Z; < 0.1%, the back action of the drops on
the structure of the turbulent flow and the inter-drop
collisions may be ignored. The drop temperature is
uniform along the drop radius [11].

The momentum-, energy-, and mass transfer pro-
cesses in the gas—drop flow are modeled within the
framework of the particle-source-in cell (PSI-Cell) model
[20]. The model rests on a hypothesis that liquid drops
act as internal sources of vapor mass, momentum, and
energy in the gas phase. The mixture gives off heat to the
drops; the gas released during this process gets heated to
the temperature of the main vapor—air flow and diffuses
into the regions with lower vapor content. The heat
transfer from the vapor—gas phase to the drops is due
to thermal conductivity and convection. The PSI-Cell
model allows one to take into account complex processes
proceeding with participation of the two phases, these
processes being typical for all multi-phase flows.

In the inlet cross section of the duct, the distributions
of the temperatures and velocities of the phases are
uniform. All drops at the inlet to the duct are of the
same size and have identical temperatures. The tempe-
ratures of the phases at the duct inlet could be assumed

either identical (equilibrium), or different (non-equilib-
rium regime).

3. Mathematical model

3.1. System of governing equations and model of turbu-
lence

Under the adopted assumptions, the dynamics and
heat and mass transfer of the two-phase flow obey a
system of differential axial symmetric flow equations.
The continuity equation and the equations for the lon-
gitudinal velocity U, temperature 7 of the vapor-gas
mixture, and mass concentration Ky of the vapor in the
binary vapor—gas mixture, written in the boundary layer
approximation, have the following form:

QU 12v)
x r o p

ou a£ _767P+Bg ( + )a£
Ox o ) o r@rr'u Fr or

- CDI’lp(U — UL)|U — UL|A

or oT\ 10 o pp \oT
pCp(U@x+ V@r) T ror {r(Pr+PrT or

—onF (T —Tp) +pDTaangv
,CpAz_z
p(Uaa%nL V%) :g% [r<£+§%)aag} + JnF
p= ISP (1

The continuity equation and the energy and diffusion
equations contain source and sink terms that model the
influence of liquid drops on the transfer processes, and
the equation of motion includes an additional term that
takes the dynamic interaction between the phases into
account.

In the present study, to determine the turbulent vis-
cosity of the gas phase, the LRN E—¢ model of turbu-
lence by Nagano and Tagawa (NT) was used [15]. This
modification of the widely used E—¢ model was chosen
considering the fact that, for ducted flows, this model
provides a better agreement with experimental data on
turbulent characteristics of the phase-carrier and with
heat transfer data. The transfer equations for the kinetic
energy of turbulence E and its dissipation rate ¢, modi-
fied to the case of flows with liquid drops [16,17], have
the following form:

oF oE 0 oE
[ U=+Vv= _re r !H_ﬁ — | + Gy — pe — S
ox or r or oy ) or
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O¢ %\ p o0 lr ) O¢
p(U6x+V6r> S ror [V(PH_Q or
+ Caef1Gy _ Coé’pf _
E E

Se )

where S is the term that takes into account the addi-
tional dissipation of turbulence energy due to relatively
small particles (the dynamic slip in the mean motion is
negligible):

Sk exp(—Q" /),

_2ME
Tt
and S, is the term that takes into account the influence of
relatively small particles on the rate of dissipation of
turbulence energy (the dynamic slip in the mean motion
is negligible):

_ 2ML£

S, exp(—Q°/1).

The dynamic viscosity of the gas phase may be cal-
culated in the framework of the standard two-equation
model:

Hr = C,Lf;ipEz/s.

The constants and damping functions coincides with
the corresponding values adopted in the model of tur-
bulence [15]

C,=0.09, 6,=14, 6,=13, C; =145, C,=109,

fi=1, fi=l1-exply. /0| 1-03exp{ - (ré}*/65) } .
Ge=pur (%—U) fu=[1—exp(—v. /26)(1+4.1/REY).

The dependence for determining the derivative 0P /dx
in the equation of flow over the initial length of the duct
may be represented in the form

oP ol
— = pUp 2.

Ox po Ox

The change in the flow velocity in the undisturbed
core of the flow may be found from the condition of
constancy of the mass flux in the duct:

R

pUsnt(R — 8)* + 2p7r/ Urdr = Gy + Gg, (3)

R—90
where G| and Gg are respectively the mass flux of the
mixture in a duct cross section and the mass flux due to
vapor formation. The formulas for G| and G, in (3) are
Gi = pUnTtR2(Ma + My);
Gg = pyUnnR*(My; — My;_,).

The final expression for the flow velocity at the duct
axis U is

Up = (G1 + Gg — 2pm /: Urdr)/[pn(ze - 5)2] (@)

o

Relations (1) should be supplemented with the energy-
balance equation for a drop
0T,
CpLULmE:aF(T_ TL) —JF[L-"-va(T— TL)} (5)
and with the equation of vapor-mass conservation at the
evaporating surface of a drop [21]

*

A (6)

J =JK;, — pyD
v — Pv or

Here m is the drop mass.
Taking into account that the diffusional Stanton
number Stp is

oKy,
Sto = =D G [pUIKy K,

we may write equation of mass conservation (6) in the
form

J = Sl‘[)pljbl])7 (7)
where
bip = (Ky —Kv)/(1 = K3) (8)

is the diffusional injection parameter. The concentration
of vapor at the evaporating surface of a drop K5 is re-
lated with the drop temperature 73 by the saturation
curve.

The equations of heat and mass transfer from the
surface of a non-evaporating drop have the form [16]

Nup = opd /). =2 + 0.6Re;*Pr'* and
Shp = pd/D =2+ 0.6Re;/*Sc'/*.

Here Rep = pdp\/(U— Up) + (V — %)*/u—Rey-
nolds number of non-evaporating particle built on the
slip velocity of the phases.

The diffusional Stanton number may be determined
from the expression [21]

Stp = Shp/(ReLSC),
and then Eq. (6) re-arranges to
J = (24 0.6Re}*Sc'/*) pUbyp / (ReLSc). 9)

According to [22], the heat transfer coefficient of
evaporating drops o is related to the analogous coeffi-
cient of non-evaporating drops ap by the formula

a=uap/[l +C,(T —TL)/L]. (10)

The material balance equation for the binary vapor—
air mixture is

KA +KV: 1
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For the triple vapor-gas-liquid mixture, this equa-
tion may be written as

Mp +My +M;, =1. (11)

The relation between the mass concentrations of the
mixture components, K and M, is given by the formulas

KV :Mv/(MA +Mv) and
KA :MA/(MA +Mv) = 1 7Kv.

The expression for the current drop diameter in the
ith calculation cross-section is [12]

&= d - ad2,

i—1 ,DLUmi . (12)

In accord with (12), the choice of U, as a charac-
teristic flow velocity was motivated by the fact that the
adopted model implies an intense mixing of particles
over the duct radius, which provides for radial unifor-
mity of drop sizes across the duct.

In flows with intense evaporation, the gas phase ve-
locity increases in the downstream direction due to
vapor generation. This phenomenon is allowed for by
the source term in the continuity equation, the increase
in the local velocities over the duct cross section being
dependent on the distribution of the gas phase temper-
ature. The mean-flow velocity of the vapor—gas mixture
in a current duct cross-section with allowance for the
vapor-mass income from evaporating drops was calcu-
lated from the formula

Uvmi—l
1 - ”PL(“’[3 - d?—l)/p-

In the present study, the Prandtl and Schmidt num-
bers were assumed to be uniform both over the duct
length and over duct radius, and equal to Prr =
SCT =0.9.

Uni =

3.2. A model for drop precipitation onto the duct wall from
a two-phase flow, and heat transfer between a precipitated
drop and the wall

To predict the rate of deposition of liquid drops onto
the wall from the turbulent flow, the following theoret-
ical dependence previously proposed was used [23]:

_0.115/(B*P)%) 2.5 x 107423
M 410325 1125 x 10538 VR,

(13)

Here B=12.73/p/p,nv*/(1.381 x 1073TU,) is a
factor that takes into account the influence of Brownian
diffusion on drop precipitation [23].

To determine the mass concentration of particles
deposited onto the duct wall My from the turbulent
gas—vapor—drop flow, we use the following algebraic
relations.

The mass of the liquid deposited onto the duct wall is
my = JwAx2nArAt,

where Jw = kpp; is the mass rate of precipitation of the
drops, Ax and Ar are the steps along the longitudinal
and transverse coordinates, and A¢ is time.

The total number of deposited drops is

mw

Ny =———.
Y pLndi /6

The numeric concentration of the dispersed phase in
the flow of particles to be deposited onto the duct wall is

W RAY

n=n;_; —nw 1S the current numeric concentration of
the particles which have remained in the flow, and i — 1
is the index that corresponds to the previous nodal
point.

The mass concentration of drops precipitated on the
wall surface is

(14a)

During the precipitation of the particles onto the
wall, some portion of the heat flux supplied to the wall is
spent on their evaporation. As in many previous models,
for instance in the model used in [9], here we assume that
the superposition principle may be applied to the heat
flows under consideration. The heat-flux density gw of
the heat flow supplied to the duct wall includes the
components corresponding to the heat flows from the
wall to drops gwr and from the wall to the vapor—gas—
drop mixture gwr.

The heat flux density from the duct wall to drops for
Tw > Ti, has the form [9]

The mean-mass concentration of liquid drops ob-
tained by averaging their local concentrations over the
duct cross section is given by the expression

2 R
My =—— My Urdr.
L UmRZ‘/O Lurar

3.3. Equation of particle motion

All computations in the present study were per-
formed for a vertically oriented duct. In this case, the
following forces acting on the particles were considered:
resistance force, gravitational force, and Archimedean
force. The Saffman and Magnus forces were ignored
in the present study. The aerodynamic forces due to
pressure gradient, attached mass, and Basse effect are
assumed to be negligible since these forces are propor-
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tional to the gas/liquid density ratio, which, in most
practical cases, are of the order of ~1073.

The equation of drop motion with allowance for the
skin-friction, gravitational, and buoyancy forces may be
written, in their vector form, as

do, N -
md—[L = Cpp(U —U)|U = UL|4 +mg(1 — p/p.),
(15a)

where Cp is the coefficient of aerodynamic resistance
and g is the free-fall acceleration.

Projections of this equation onto the x- and r-axes
have the following form. For the longitudinal, x-direc-
tion, we have:

UL

d I
m= == Cop(U —U)|U — Upld £ mg(1 - p/py).

For the radial, r-direction:

dn - o
m- = Cop(V = W)V ~ Tild.
The aerodynamic coefficient of resistance for evapo-
rating drops Cp is given by the expression [16]

CDP

Cp=———2F
P+ C(T—1n)/L

Here Cpp is the coefficient of resistance of non-evapo-
rating drops, given by the formulas

24/R8L npr Rep < 17
Cor = ﬁ(1 +Re}/6) npu Rep > 1.

REL

To compare theoretical predictions with experimen-

tally measured gas phase and drop velocity pulsations,
we had to compute these quantities in our numerical
simulations. Here, the particles were assumed to be
sufficiently large and their dynamic relaxation time t
longer than the Eulerian integral time scale QF of the
turbulence. The integral time scale Q° which was nec-
essary for determining the transverse component of gas
phase pulsations, is given by the formula [23]

Q=0 U v=\/B, + 12,

which for y, — 0 reduces to the relation QE =l = 10
(within the viscous sublayer, the integral time scale of
turbulence is assumed to be a constant value) and in the
turbulent flow core to the relation Q% =1, =1U,/v
where /. is the relative mixing length and / is the mixing
length given by the Prandtl-Nukuradze formula [24]

I = R[0.14 — 0.08(r/R)* + 0.06(r/R)"].

The radial component of the root-mean-squared
pulsations of the gas phase flow is given by the formula
(24]

() = vp/QFScr. (15b)

The amplitude of the root-mean-squared pulsa-
tions of the phase-carrier in the longitudinal direction is
[24]

(?) ~ 1.3E. (16)

For sufficiently large particles, the turbulence inten-
sity of the dispersed phase may be related to the am-
plitude of root-mean-square pulsations of the gas phase
and to the time of dynamic relaxation of the particles by
the following formulas, previously used in [25]:

E E
()= o=

;. TE=0.14R, (17)
T (v)

where I'E is the geometric turbulence scale of the phase-
carrier.
The relation between the time turbulence scales is [25]

Q" ~0.61Q".
3.4. Boundary and inlet conditions

At the duct axis and at the outer border of the
boundary layer, the following symmetry conditions were
posed

6T76KV76U76E7687V70
o o o o o

atr=0 and r=9. (18)
At the wall (at » = R), no-slip conditions for the gas
phase velocity are fulfilled:
U=V =0,

as well as the condition of wall impermeability for the
flow of substance

(),
or Jw

and the Fourier heat transfer law

;0T
*ar*(IWP

In the adopted model of turbulence, the following
conditions were set:

E=0, o= 2L
=V, Ew =V 02 W.

In the inlet cross section of the duct,

U:U17 V:I/h T:Th ML:ML17
L =Tu, d=d, Kyv=Ky,
E=E,, and ¢=g¢. (19)
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In the present study, the degree of gas phase turbu-
lence at the duct inlet was assumed to equal 7u =
VIR + (9 + W)U = 3.

Relations (1)—~(17) with appropriate boundary and
initial conditions (18) and (19) represent a closed system
of equations for heat and mass transfer processes in a
turbulent two-phase flow which allow one to calculate
all quantities of interest (distributions of temperature,
concentrations of phases, and components of the vapor—
gas mixture) and predict the evolution of particle sizes.

3.5. Numerical realization

The numerical solution of the partial differential
conditions was obtained with the help of the Crank—
Nicholson finite-difference scheme [26] by transforming
the initial differential equations in a system of discrete
algebraic linear equations. The obtained three-diagonal
system was solved by the sweep method using the
Thomas algorithm described in more details elsewhere
[26]. To spatially resolve the fine structure of the near-
wall turbulent flow, we used a computation grid with a
variable mesh size. The mesh size was decreasing to-
wards the duct wall and constant in the longitudinal
direction.

Since the mesh size in the transverse direction was
variable, for the sake of convenience the coordinate r
was transformed so that the equations could be solved
on a spatially uniform computation grid in the whole
computation domain. For the boundary layer problem
of interest, the most appropriate transformation of co-
ordinates was proposed in [26].

All computations were performed on a grid with 201
nodal points in the longitudinal direction and 101 such
points in the transverse direction. Besides, some me-
thodical computations were performed on a finer com-
putation grid (201 and 201 nodal points along the duct
length and radius, respectively). Further increase in the
total number of nodal points was found to cause no
substantial changes in the calculation results.

Since system (1)—(17) included non-linear equations,
to solve it, an iteration algorithm was used. The follow-
ing convergence conditions were adopted: |Y; — ¥_1| <
10~*, where Y stands for U, E, &, T, Ky or T.. The
computations were terminated on meeting all these
criteria.

4. Testing of the model
4.1. Single-phase flow mode

In the framework of the present study, the calcula-
tions according to the adopted E—¢ model of turbulence

were tested by comparing their results with the DNS
data and with the PIV and LDA data previously re-

ported for a ducted isothermal single-phase air flow in
[27]. In addition, the data gained in the present study
were found to perfectly comply with heat transfer reg-
ularities revealed for a turbulent single-phase gas flow in
[21].

4.2. Two-phase flow mode. Hydrodynamics of the flow

For a comparative analysis of data gained for a two-
phase flow, experimental data obtained by Varaksin and
Polyakov [28] for a descending flow of a gas/glass par-
ticles mixture and experimental data obtained by Cra-
mer and Depew [29] for an ascending gas/glass particles
flow were used. The predicted and measured distribu-
tions of the particle Reynolds number Rep = dAU /v
along the duct radius are shown in Fig. 1.
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| Re, "
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| |[———NT model
0.8
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O 1 1 n 1 1 1 L 1 1
0 0.2 0.4 0.6 0.8 1.0
14 T T T T T T T T
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12k s
| TR
.
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L |Exp. data:
4L | ™ Cramer-Depew .
| [ Deissler model
—— NT model
2+
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Fig. 1. Radial distributions of measured and calculated Rey-
nolds numbers of glass particles in the duct with a stabilized
flow. Solid curves [15]; dotted curves [14]. (a) Experimental data
of [28] for a descending flow; (b) experimental data of [29] for
an ascending flow.
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The initial data for the numerical experiment for the
conditions of [28] were the following: 2R =46 mm,
Re =12300, Uy =4 m/s, Mp = 2%, dp =50 pm, p, =
2550 kg/m?3, and t, = 79. The initial data for the con-
ditions of [29] were 2R = 12.7 mm, Re = 24500, U, =
28.7 m/s, Mp = 26%, dp = 62 pm, p, = 2640 kg/m®, and
T, = 5417.

In the calculations, the algebraic Deissler model of
turbulence [14] and the E—¢ model of turbulence [15]
were used.

Inspection of data in Fig. 1a for a two-phase flow of
a mixture with a low concentration of the dispersed
phase shows a good agreement between the data pre-
dicted by both models of turbulence and measured
values over the whole duct volume. Both the calculation
and experimental data shows that the slip velocity of
the phases increases in the near-wall zone of the de-
scending flow.

Just the opposite pattern of slip velocity (see Fig. 1b)
is displayed by the ascending flow of the suspension of
glass particles. The maximum and minimum values of
the slip velocity were observed at the duct axis and near
the duct wall, respectively.

It is hardly possible to conclude definitely from the
data shown in Fig. 1b which of the two models of tur-
bulence more adequately predicts the behavior of par-
ticle Reynolds number Re; in the flow with a high
concentration of the liquid phase. It should be noted
that the concentration of the dispersed phase for the
data shown in Fig. 1b is an order of magnitude higher
than that in Fig. la. This could be the reason for the
observed difference between the predicted and measured
values. In a flow with a high mass concentration, effects
due to inter-particle and particle-wall collisions, and also
due to possible rotation of the dispersed phase, may
exert a substantial influence on the flow pattern [16].
Nevertheless, the satisfactory agreement between the
data predicted by the two models and experimental re-
sults for the paraxial flow region is worth noting. For
the near-wall region, the NT model predicts an increase
in Rep, whereas the Deissler model yields no such in-
crease.

It should be noted that both the NT and Deissler
models, as applied to ascending or descending flows
yield results being in qualitative agreement with the LES
data [30] gained for a vertical isothermal dispersion flow
in a duct.

The distributions of relative axial and radial pulsat-
ing velocities of the gas and dispersed phases along the
duct radius are compared in Fig. 2 with the experimental
data of [31]. The tests were performed for a descending
flow of an air/glass particles flow with the help of LDA.
The initial data for the numerical experiment for the
conditions of [35] were the following: 2R =46 mm,
Up =52 m/s, dp = 50 pm, p, = 2550 kg/m’, Mp = 5%,
7, = 125, and Re = 15300.
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Fig. 2. Comparison between the predicted and measured [31]
root-mean-square pulsations of air and glass-particle flows. (1)
W' Uy @) ()2 /Uy; 3) ()2 /Uy, Curves—calculation
data.

The following conclusions can be drawn from the
comparative analysis. The predicted values of the pul-
sating velocity of the gas phase in the transverse and
longitudinal directions rather adequately describe the
experimental data. The pulsational velocity of the par-
ticles calculated according to the Derevich model for
inertial particles [25] fairly well agrees with the experi-
mental data. Note that the calculation data show a
better agreement with the measured amplitude of
transverse pulsations compared to the longitudinal pul-
sations of the phase-carrier velocity. It is seen from the
distributions shown in Fig. 2 that the intensity of lon-
gitudinal pulsations of the particle velocity is lower than
that for the phase-carrier. This fact can be explained as
follows. The Stokes number in the large-scale pulsa-
tional motion is defined as Stk = t/Q", being for the
conditions under consideration of the order of unity
(Stk = 1), from which it follows that particles readily get
involved into the large-scale pulsational motion and
take off energy from the turbulent phase-carrier vortices.
A decrease in the intensity of the transverse pulsations of
the gas phase leads to a decrease of the velocity pulsa-
tions of the particles [31].

Fig. 3 compares the numerical and experimental data
by Varaksin et al. [32] on the radial distributions of the
kinetic energy of gas phase turbulence for various con-
centrations of glass particles. The conditions of the se-
lected experiments correspond to the following values of
determining parameters: 2R = 64 mm, U, = 6.4 m/s,
dp = 50 pm, p, = 2550 kg/m*, 7. = 20, and Re = 25600.
It is seen from Fig. 4 that relatively small particles pre-
sent in the flow suppress the turbulence. The lamina-
rizing action of these particles increases with increasing
mass concentration of particles; it also increases with
distance from the wall. These data are in a good quali-
tative agreement with the experimental data of [33].
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Fig. 3. Impact of particles on the distribution of the gas phase
turbulence energy over the duct cross section. Curves—calcu-
lation data, points—experimental data [32].
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Fig. 4. Variation of the wall temperature along the duct length
in a single-component vapor—drop flow. Solid curves [15];

dotted curves [14]; points—experimental data of [7]. (1) My, =
0.35, gw = 7.14 kW/m?; (2) My, = 0.43, gw = 2.13 kW/m?.

4.3. Two-phase flow mode. Heat transfer

To estimate the prediction accuracy for the rate of
heat transfer in a vapor-drop flow, we compared the
results obtained in the present study with the experi-
mental data by Koizumi et al. [7]. The wall-temperature
profile over the duct length for a vapor—drop flow is
shown in Fig. 4. The initial data for the comparative
analysis were the following: duct diameter 10 mm, sat-
uration pressure P = 3.08 x 10° Pa, T} = Ty, = T; = 300
K, d; =30 pum, inlet Reynolds number Re; = U;2R/
v =5.1 x 10°, the working liquid—Freon R-113. As is
seen from Fig. 5, the predicted and measured data agree
better with each other at high thermal loads than at low

NU
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320
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Fig. 5. Comparison of the calculation results according to
models [14] and [15] with the data of [8] on heat transfer in a
turbulent vapor—drop flow. Re; = 1.6 x 10°.

values of gw. A possible reason for the difference be-
tween the predicted and measured data is inconsistency
between the adopted and actual mechanisms of heat
transfer between the gas-drop flow and the wall. In
particular, as the wall temperature decreases, the for-
mation of a liquid film on the wall surface becomes more
probable. As was mentioned previously, the present
model ignores this phenomenon. Simultaneously, the
E—¢ model provides a better agreement with the experi-
mental data compared to the algebraic Deissler model.

The validity of the developed computational model
was tested by comparing the predicted heat transfer data
with numerical simulations of heat transfer in turbulent
stabilized vapor—drop flows [8] (see Fig. 5). A satisfac-
tory agreement between the predictions of the Deissler
[14] and NT [15] models, on the one hand, and the data
of [8] on the other was obtained; it should be mentioned
however that the results yielded by the NT model
compare better with the calculations by Rane-Yao [§]
than the data gained with the algebraic model [14].

From the analysis of the data shown in Figs. 1-5, the
following conclusion can be drawn. The E—¢ model and
the algebraic relations for the root-mean-squared pul-
sations of the gas phase and particles rather accurately
predicts the pulsational processes, the dynamics of the
motion of the gas and dispersed phases, and heat transfer
regularities observed for developed two-phase flows.

All subsequent calculations were performed using the
E—¢ model.

5. Calculation results on heat transfer in a ducted gas—
vapor—drop flow and their comparison with available
experimental and numerical data

The calculations were performed for a flow of an air/
water vapor mixture with water drops (under atmo-
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spheric pressure). The duct length was 2 m, and the inner
duct diameter 0.02 m. The ranges of initial parameters
were the following: inlet temperature of the vapor—gas
mixture 7 = 293-373 K; flow Reynolds number Re =
Ui2R/v =5 x 10°-10%; drop diameter at the duct inlet
dy = 0.1-100 pm, which corresponds to a dimensional
relaxation time of the liquid drops 7, = 1073-10%; mass
fraction of the drop phase M;; = 0-0.1; and mass frac-
tion of air M, = 0-0.8. All calculations were performed
for a constant wall heat-flux density (gw = const), namely,
for qw = 1 kW/m?.

Fig. 6 illustrates the effect of mass concentration of
liquid drops in the flow on the skin friction. As is seen,
the skin friction almost linearly increases with increasing
concentration of particles. However, this increase is in-
significant, amounting to about 10% for large particles
available in the flow in the mass concentration M, =
0.1.

One more important feature in Fig. 6 deserves men-
tion. With increasing particle diameter, the skin friction
also increases. The profile of axial velocity and, hence,
skin friction are affected by a number of factors. The
evaporation of liquid drops leads to an increase in the
local flow velocity, and the dispersed phase suppresses
the gas phase turbulent pulsations. This is evident from
Fig. 7, where a larger particle size and a higher con-
centration of large particles cause more appreciable
laminarization of the flow. The decrease in the turbu-
lence kinetic energy is due to active involvement of rel-
atively small particles into the pulsational flow of the gas
phase and due to the fact that the vapor-gas mixture
gives over some part of its pulsational energy to these
particles. These conclusions are in qualitative agreement
with the experimental data obtained in [33], where it was
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Fig. 6. Skin friction versus the mass concentration of the liquid
phase. Re = 13000; x/(2R) = 20; T} =373 K; qw = 1 kW/m?.
(1)d=1pm, 7, =0.1; (2) d =10 um,z, = 8; (3) d = 30 pm,
7. =70; (4) d = 50 pm, ;. = 190; (5) d = 100 um, 7, = 760.

1.12

1.10

1.08

1.06

1.04

1.02

1.0

0 2 4 6 8 10
Fig. 7. Gas phase turbulence energy of the gas—vapor—drop

flow versus the initial drop diameter. Conditions are the same as
in Fig. 6.

established that addition of large particles (dp = 3 mm)
to the flow results in an increase of its turbulence level,
whereas addition of fine particles (dp = 200 pm) or a
substantial decrease of their density (from pp, = 2600 kg/
m? to pp = 1000 kg/m?) lead to an increase in the kinetic
turbulence energy. At the same time, a third factor, ac-
celeration of more inertial particles by the flow, may
exert a more pronounced effect and, finally, cause an
increase in the skin friction with increasing drop dia-
meter. However, this point deserves a more detailed
numerical and experimental study.

Fig. 8 shows the heat transfer intensification ratio as
a function of the mass concentration of liquid drops in a
gas—vapor—drop flow. Here Nuy is the Nusselt number
for a single-phase flow with fixed Reynolds number. As
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Fig. 8. Variation of the heat transfer intensification ratio
Nu/Nuy in the gas—vapor—drop flow. Labeling of the curves is
the same as in Fig. 6.
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Fig. 9. Heat transfer intensification ratio Nu/Nuy versus the
initial drop diameter. x/(2R) = 20. (1) Re = 1.8 x 10%; (2) 10%
(3) 5 x 10% (4) 10°.

is seen from Fig. 8, the liquid drops exert a substantial
influence of the heat transfer intensification ratio in the
two-phase gas-vapor—drop flow (the heat transfer rate
increases by a factor of 3), whereas the skin friction in-
creases only insignificantly (roughly by 10%). An in-
crease in the initial drop diameter results in an increased
skin friction, whereas, as it follows from Fig. 8, the heat
transfer rate decreases.

The impact of the drop diameter on the heat transfer
intensification ratio is analyzed in more detail in Fig. 9.
An increase in the drop diameter (at a fixed mass con-
centration of the liquid phase) diminishes the intensity of
heat and mass transfer processes, which effect can be
attributed to an appreciable reduction in the interface
area between the particles and the vapor—gas flow. For
relatively fine particles (d; < 2-5 um), the Nu/Nuy ratio
does not depend on the drop diameter. This range of
particle sizes determines a steady-state evaporation re-
gime, with the vapor-gas mixture being in thermody-
namic equilibrium with the liquid phase.

Fig. 10 shows the heat transfer intensification ratio as
a function of air concentration in the vapor—gas mixture.
The Nu/Nuy ratio is minimal for a single-component
vapor—drop flow without air (curve 1). With increasing
air concentration, the heat transfer rate increases since
the diffusion of vapor from the drop surface becomes
more intense; however, in this case the extension of the
two-phase flow region in the downstream direction
shrinks due to the more intense evaporation.

Such a complex multi-stage mechanism of heat
transfer from the wall to the two-phase flow being op-
erative, it is of special interest to determine the indi-
vidual contributions due to various heat transfer
components into the total heat flux at the wall. The
distributions of various heat flux components along the
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Fig. 10. Heat transfer intensification ratio versus air concen-
tration. Re = 13000; My, = 0.1. (1) Mx; = 0; (2) 0.01; (3) 0.1;
4) 0.2; (5) 0.5.

duct length for two values of the mass concentration of
the liquid phase, My, = 0.01 and 0.1, are shown in Fig.
11, where gr is the heat spent on heating the vapor—drop
flow, gwy is the heat-flux density due to the conductive
heat transfer upon immediate drop/wall contacts, gg is
the heat spent on drop evaporation in the flow, and ¢ is
the heat spent on drop heating. From Fig. 11, the fol-
lowing conclusions can be drawn. Over an initial length
of the duct, rather a high fraction of the heat supplied to
the duct wall is being spent on conductive heat transfer
and evaporation of liquid drops. Further downstream,
as the drops undergo evaporation, the components g,
qwr, and gg all decrease, whereas the component gr due
to the heat flow to the vapor-gas phase permanently
increases until it finally reaches unity. In this case, a
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Fig. 11. Distributions of the heat flux components in the two-

phase gas—vapor—drop flow. The conditions are the same as in
Fig. 6. (1) gr/qw; (2) qwi/qw; (3) qe/qw; (4) q/qw.
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Fig. 12. Wall-temperature profiles. Curves—calculation data;
points—experimental data by Sicalo et al. [13]. (1) gw = 17.84
kW/m?; (2) 13.92; (3) 11.5.

single-phase flow takes place. A change in the inlet
concentration of the liquid induces no fundamental
differences into the proportions between the various heat
transfer components except for the initial flow region,
where the concentration M, is low and a predominant
contribution is due to the heat transfer to the vapor-gas
mixture.

Subsequent figures compare the calculation results
obtained in the present study with some experimental
data previously reported in the literature.

The profile of the wall temperature Ty along the duct
length, measured in [13], is shown in Fig. 12. The initial
data in the comparative analysis were the following:
My, = 0.5%, Re=U;2R/v=739300, 2R =132 mm,
calculation length 0.924 m, G5 = 7.58 gfs, d| = 16 pm,
1, =272, and T; = 293 K. The experiments were carried
out under atmospheric pressure. Fig. 12 demonstrates a
fairly good agreement between that the predicted and
measured wall-temperature profiles.

Fig. 13 shows the heat transfer intensification ratios
measured in [9] and heat transfer intensification ratios
calculated in the present study. Here, the quantity o
refers to the case of a single-phase air flow with all other
conditions kept unchanged. The initial conditions in
the numerical experiments were the following: My, =
1.1-2.1%, Re = U,2R/v = 21800-58600, 2R = 12.95
mm, computation length 0.889 m, Gy = 4.02-10.8 g/s,
dy =9-23 pm, 7, = 139-208, and 7; = 300 K. The ex-
periments were carried out under atmospheric pres-
sure. Both measured and predicted o/ ratios display a
monotonic decrease in the downstream direction; they
decreases with decreasing wall heat flux density. An in-
crease in the wall heat flux density results in a decreased
heat transfer intensification ratio since, in this case, the
wall temperature increases.
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Fig. 13. Comparison of predicted heat transfer intensification
ratios with the experimental data of [9]. (1) gw = 14.53 kW/m?;
(2) 8.34; (3) 6.4.

6. Conclusions

A physical model of combined heat and mass transfer
in a turbulent gas-vapor-drop ducted flow has been
developed. In this model, the liquid phase represents a
system of localized sinks of heat and localized sources of
vapor mass and friction between the phases. To calcu-
late gas phase turbulent characteristics, the Nagano—
Tagawa LRN E—¢ model was used, modified to the case
of a flow with a contained dispersed phase. A closed
system of transfer equations is composed, which in-
cludes the continuity equation, equation of flow in the
longitudinal direction, energy equation with a source
term, diffusion equation for the vapor—gas mixture, and
the heat-and-mass transfer equation for a single drop. In
the model, the precipitation of drops onto the wall and
heat transfer due to immediate drop/wall contacts are
taken into account.

A numerical heat and mass transfer study of a tur-
bulent two-phase gas—vapor—drop ducted flow was per-
formed. The data were obtained for a wide range of flow
conditions and thermal parameters at the inlet to the
duct.

With increasing mass concentration of liquid drops, a
considerable intensification of heat- and mass transfer
processes in the two-phase flow is observed, with a
corresponding increase in the fraction of the heat spent
on the phase transition and on the heat transfer due to
immediate drop/wall.

It is shown that an increase in the initial drop dia-
meter decreases the rate of heat transfer between the
duct wall and the gas—vapor-drop mixture, whereas, in
this case, the wall friction increases only slightly.

An increase in the mass concentration of air at
the duct inlet considerably enhances the rate of heat
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transfer, but, in this case, the region occupied by the
two-phase flow becomes shorter. Both the gained data
on the flow dynamics and heat transfer data were
compared with available experimental results; a good
agreement with previous findings was obtained.
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